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A systematic procedure for the design of homogeneous catalytic processes with special
emphasis on biphasic reactions was developed. First, the reaction kinetics were deter-
mined, and then a generic stirred cell model for biphasic homogeneous catalytic reac-
tions was used to elucidate the interplay of reaction and mass transfer and the impact of
phase equilibria. The optimal range of reactor conditions, as captured by the Damkohler
numbers, was then related to reactor attributes. Process alternatives for catalyst recovery

and recycle were considered.

Introduction

Homogeneous catalysis is responsible for a large segment
of the chemical process industries with products ranging from
potential chlorofluorocarbon (CFC) replacements, basic
chemicals such as acetic acid and butyraldehyde, monomers
such as vinyl chloride and terephthalic acid, polymers such as
polyesters to pharmaceuticals such as Naproxen. Well-de-
signed homogeneous catalytic processes can offer significant
advantages such as high yields and high selectivities to the
desired products. Biphasic homogeneous catalysis offers the
additional advantage of easy catalyst recovery and recycle, and
has been commercialized for propylene hydroformylation
(Cornils et al., 1985). Since then, other processes employing
homogeneous catalysis have been modified to biphasic cataly-
sis (Cornils and Herrmann, 1998), along with its widespread
acceptance in industry.

There is a vast literature pertaining to various aspects of
homogeneous catalysis, including several excellent reviews
(Parshall and Ittel, 1992; Cornils and Herrmann, 1996). Gas-
liquid reactions have been extensively studied in reaction en-
gineering literature (Levenspiel, 1972; Doraiswamy and
Sharma, 1984). There have been efforts to specifically model
homogeneous catalytic systems using conventional reaction
engineering techniques (Chaudhari, 1984). In addition, there
are numerous patents for specific reaction systems such as
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hydroformylation (for example, Cornils et al., 1985). How-
ever, little has been done on the design of these processes
from a process systems engineering perspective. This is a se-
rious omission because a systematic approach can lead to a
more economical process with reduced development time and
effort. In fact, there has been little effort to even model such
reaction systems (Wachsen et al., 1998). To fill this gap, we
present a design procedure that considers the entire system,
with emphasis on biphasic reactions. Specifically, models, and
heuristics are used to synthesize the reactor, as well as the
overall plant that includes the catalyst recovery system, in a
systematic manner.

Over the past several years, we have been developing sys-
tematic design methods for a variety of reaction systems.
These include extractive reaction processes (Samant and Ng,
1998a,b,c), liquid-phase agitated reactors (Samant and Ng,
1999), multiphase reactions (Kelkar and Ng, 1998, 2000), and
phase transfer catalytic systems (Samant et al., 2001). Al-
though each reaction system has its unique features, we can
identify a common underlying strategy that can be described
as follows:

e Identification of the Underlying Phenomena. As the first
step, the systematic methods identify the key underlying phe-
nomena that need to be considered for the given reaction
system.

e Development of Tools and Learning Models to Understand

these Phenomena. In many cases, these underlying phenom-
ena and their interactions are not well understood. In such
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cases, the systematic methods provide tools and learning
models to generate this understanding.

e Organization of Existing Knowledge. In some cases, the re-
action systems are fairly well understood. However, this
knowledge exists in an unstructured form either as experi-
mental studies, heuristics, or as models that are far too com-
plex to be used for systematic design. Here, the systematic
methods organize this information in a meaningful fashion.

e Use of this Understanding. Once the phenomena are iden-
tified and understood, this understanding serves as the basis
to reach the desired objective by way of a systematic proce-
dure.

Design Procedure for Homogeneous Catalytic
Processes

We now present a generic design procedure for homoge-
neous catalytic processes with emphasis on biphasic catalysis.
The procedure takes into account complex kinetics, phase
equilibria, mass transfer, and catalyst recovery and recycle.

Step 1: determination of reaction kinetics

Any new process development starts with the determina-
tion of the basic reaction chemistry. This relies on laboratory

experiments usually performed by the chemist. There are a
number of techniques for analyzing the experimental data to
estimate kinetic parameters and discriminate between poten-
tial kinetic models (Hostrup and Balakrishna, 2001). We as-
sume that this step has been completed and that the reaction
mechanism and kinetic parameters are available.

For homogeneous catalytic processes, the basic reaction
chemistry is often complicated and involves a large number
of reaction intermediates. While we can numerically incorpo-
rate the whole mechanism into a reactor model, it is easier to
reduce the kinetic network to facilitate the determination of
the effect of the dominant reactions on system performance.
A number of tools are available for reducing the reaction
kinetics, for example, the systematic rules summarized in
Table 1 developed by Chern and Helfferich (1990). These
rules are applicable to reaction kinetic networks of arbitrary
topology.

Step 2: identification of optimal range of reactor conditions

After the determination of reaction kinetics, the reduced
reaction mechanism, and information about the components
and phase equilibria, we study the reactor performance. The
generic stirred cell model enables the determination of the

Table 1. Rules for the Reduction of Multistep Reaction Networks

® Linear simple segments X; < X, -
rate contribution

Tiok =A]-k[Xj]—Akj[Xk]

k-1 k-1
Ajk = 1_[ Ai,H— I/Djk Akj = 1_[ Aiy l,i/Djk
=] =]

k i—1 k—1
and Djk = Z ( 1_[ /\mJnfl 1_[ )\m,m+1 (k > J)
i=j+1 \m=j+1 m=j
® A looped simple segment between nodes X; and X,,, such as
Xj‘_”"‘_’Xk‘_"" ‘_’Xm

NS

o X, o

Tjom =Tl X;1-T,,[X,]
where I, = Ay LAy ALy A + ANy + Ay Ly)
L A Ly Nyt L g Ay + A Ay + A L)

mj=

© X, with an arbitrary number of steps can be reduced to a pseudo single step X; < X, with

where the segment coefficients A can be expressed in terms of the pseudo first-order reaction rate coefficients A as

can be reduced to a pseudo single step X; < X,, with collective coefficients I}, and [}, ; and rate contribution

and where the loop coefficients L,; and L, are the sums of the A coefficients of the respective parallel pathways connecting X, and X,.
e The rate law of the formation of any product P; is composed of additive contributions from all P; & P,

(i # j), each expressing the net rate at which P; is formed from (or, if negative, reverts to) the respective P;.
® Each contribution P; & P; consists of a factor (I1;;[ P,]—I1,[P;]), a factor determinant M;;, and a factor

1/det M. Here, I1;; is the product of all the forward A coefficients (or I coefficients) on the path from

P, to P; and I1}; is the product of all the reverse A coefficients on that path.
e The matrix M is a matrix of order n, with elements S; (i=1, 2, ..., n) along its diagonal, elements A,

in row k and column m for all X, and X,, directly connected to with one another, and elements of zero in

all other positions. M;; = M;; is a matrix similarly compiled, but with mth rows and columns omitted,

where m are the indices of all intermediates on the path from P; to P; and §; is the sum of the A

coefficients of the reduced steps X; — J, where J represents the immediate neighbors of X; in the network (intermediates or end members)
® In networks containing loops with branches, the contributions of both parallel pathways to an affected rate P; < P; are additive.

i
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Figure 1. Stirred cell model.

effect of kinetics and mass transfer and helps in the identifi-
cation of the optimal range of reactor conditions that maxi-
mize the performance objective, which may be yield, conver-
sion, or selectivity of a product. Since the stirred cell model is
an integral part of our procedure, we discuss the model in
detail below.

Determining the Effect of Kinetics and Mass Transfer. Con-
sider a three-phase open system, consisting of a gas phase
and two liquid phases. “G” denotes the dispersed gas phase,
“L,” denotes the organic phase containing the products and
the reactants, and “L,” denotes the aqueous catalyst phase.
We assume that the reaction takes place only in the bulk of
the aqueous catalyst phase. This assumption is reasonable if
the reaction is not too fast with respect to mixing and mass
transfer (Samant and Ng, 1999). The gas phase, the organic
phase and the aqueous catalyst phase have ng, n; , and n,
components, respectively, and n,, components are miscible
in both the liquid phases. The present model takes the or-
ganic phase as the bulk liquid phase, and the aqueous cata-
lyst phase as the dispersed liquid phase (Figure 1). It is as-
sumed that the direct gas-phase mass transfer takes place only
to the bulk liquid phase (in this case the organic phase). Thus,
we have to consider two interfaces: the gas-phase-organic
phase interface (/) and the organic phase-aqueous phase in-
terface (I,). Except for a dispersed phase having a very high
volume fraction, this assumption is expected to be correct for
most cases because coalescence of a liquid droplet and a gas
bubble is highly unlikely. Let us look at the mass transfer and
phase equilibria.

Mass Transfer and Phase Equilibria. Consider the mass
transfer at the gas-phase-organic liquid phase interface. The
component fluxes at the interface are given by

]VillLl = kiIILICTLI(inILl — xiLl) + x!lLlN%lLl
i=1,2,...,ns (1)

NI = k[ Cerg(y; = yit) + yl N7 (€)

Here, the flux terms are positive for transfer from gas to lig-
uid. The description of mass transfer given by Egs. 1 and 2 is
not complete, as these equations are not closed. We need to
know N/A&1 and NAC to evaluate N/1%1 and N/1¢ and vice
versa. This closure is resolved here by using the continuity of
molar fluxes at the interface. At the interface, the continuity
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of fluxes implies

ILL, _ 1,G _ I L, _ 1,G _ 1
]\[ill_l\]il _Afil NT11_NT1 _NTl

i=1,2,...,n5 (3)
From Egs. 1, 2, and 3, we can write the total flux at 7, as

kiier (xft = xf) = k[Cera(yi— i)

1
N (7 =+

i=1,2,...,n;5 (4)

The component fluxes at I; are given by

v

I _ i LL, LL, _ L,

Nt = VI — xhi ki CTLl(xi xi)
l l

xillLl
- —yh—thl k{‘GcTG(yi—in') i=1,2,...,n5 (5)

Similarly for the organic phase-aqueous phase interface, the
total and component fluxes are given by

LL Ly _ o Ly\_ DL Ly _ o LL
k2 repy (2Pt —xf2) = kPhepy (xft— xft)

N{J— (XiIZLl _insz)

i=1,2,....n, (6)

xhLy

I, _ L A £9 73 LL, _ 4Ly

N; bl _ bl ki CTLz(xi xi?)
L 1

inZLz

| — | kL Ly _ LIl

e
1 1

i=1,2,...,n, (7)

Here, the flux is positive for transfer from the organic to the
aqueous phase. Note that in this case the equations are writ-
ten for n,, components miscible in both liquid phases. The
subscript i refers to these n,, components. For the organic
phase components insoluble in the aqueous phase, the flux is
zero at the interface I,

]\]l,’z = killecTL](xiLl - XiIZL')-l‘ X{ZL‘N%Z =0

i=n,+1,...,n, (8a)

Similarly, for the aqueous phase components insoluble in
the organic phase, the flux is zero at I,

]\[i’z = kiIZLZCTLZ(inZLZ _ xiLz) + X{ZLZN{J =0

i=n,,+1,...,n., (8b)

For the nonvolatile components in the organic liquid phase,
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the flux is zero at I;

I, _ L LL, _ L LL a7 —
]Vil_kil ICTLZ(xil 1 X; 1)+xi1 1NT1_0

i=ng+1,....,n. (9)

The condition of phase equilibrium at the gas phase-organic
liquid phase interface is given by

xhtv=Hylh  i=1,2, ..., ng (10)

For phase equilibrium at the liquid-liquid interface, we

have an activity-based model. We define the distribution co-

efficient as the ratio of the activity of the component in the
organic phase to that in the aqueous phase. Hence, we have

yl_LZXl_Isz — 'YileiIZLl (11&)
L
v
m;= ‘yle l=1’27 cees Mgy (11b)
i

Equations 1 to 11 completely describe the mass transfer and
phase equilibrium at the two interfaces.

Conservation Equations. The gas-phase overall and compo-
nent material balance equations for the open gas-liquid-liquid
system can be written as

G=G,—a}Np (12)

Gy; =Gy, — al N i=1,2,...,ng (13)

Here, a}l is the total interfacial area for interface I;. The
organic liquid phase overall and component material balance
equations can be written as

Ly=Lyy+ap Ny —apNy: (14)
Lyx[t=Lygxfg + Zap N/ — Yap N2

i=1,2,...,n,, (15)

Note that Y; =0 for components immiscible in L, and 1 for
components miscible in both L, and L,. Z; =1 for gas-phase
components and 0 for the rest. The aqueous catalyst phase

overall and component material balance equations can be

Table 2. Conservation Equations for the Three Phases

Gas Phase
G G Dafbshti—xb) - Dalf (5, - 51 o
Go+Lyg+Ly Go+Ljy+Ly (yfr—x/itn)
G Gy i
Yi= Yio — 7 : T.L DarlnliLl(xillLl 7xiLl)
Go+ L+ Ly Gyt L+ Ly yit—xt
xlllLl
+ WDG,I,}?(_YI - yill) i= 1, 2, e N (22)
Yit — X
Liquid Phase 1
L, Ly, Dajfi(xt'r — x[1) — Dal? (y; — y/v)
Go+Lyy+Ly Go+Ljy+Ly (v =xptn
Dafi=(xf22 — %)~ Dalgh (xb — b @
(xille 7xl_’2L2)
L, Ly,
L _ L
Got Lyt Loy Gyt Lyt Ly 0 "
ot Lygt Ly ot Lygt Ly
yill il]l‘]
LLy( DL L I I
Ziml)%}i ot = x ) — Ziyijl T Da,yi (y; = yi")
xille
ILy(+IoL L
Y i s Da G = )
Xi12L2
LLy( L ILL
Yix,-lle - x,!szDa”%" et = a2t
i=1,2,..n, (24)
Liquid Phase 2
L, L DafaGih = st~ Dalghi (b - b
= I 3 +k;'Dal2Xr; (25
Go+Lyy+Ly Gy+Liyyly (x2br = xj2t2)
L, Ly xl2Lh
xiLz = xilf]z +Y, T ! — Dafnzilzz(xilzlzz _ xiLz)_
Go+ L+ Ly Go+ L+ Ly X2t = e
x2he LLy(L LL
— Da'2; 1(xA 1— xiakn)
lxille _ in2[42 mi 13 1
+k;'Dafer; i=1,2, .., 0, (26)
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written as
Ly=Ly+apNg+ H; Yr, (16)

Ly, _ L LTl -
Lyxi? = Lyyxig> + Y;ap N> + H 1 i=1,2,...,n,

2

a7

We can nondimensionalize the above equations using the
following dimensionless groups

Hg/(Gy+ Lig+ Ly)

LG _

D = Hg/apk!“crg (18)

Daliln — Hy /(Gy+ Lo+ Ly) 19
mi Hy fajik ey, (19

We can define similar mass-transfer Damkohler numbers
(Dall, Da’2F>) for the second interface. Since the reaction
takes place only in the aqueous catalyst phase, we define
Damkohler number for reaction in the aqueous phase as

Dal: — Hp,/(Gy+ Ly + Ly)

20
, 1k, (20)

The Damkohler numbers for mass transfer represent the
ratio of the characteristic residence time of a phase to the
characteristic time for mass transfer at the respective inter-
face. The Damkdohler number for reaction is similarly the ra-
tio of the characteristic residence time of the aqueous phase
where the reaction takes place to the characteristic time for
reaction.

Using the Eqgs. 1-7, developed for the fluxes at the two
interfaces in the previous section and the dimensionless num-
bers defined by Egs. 18-20 and, nondimensionalizing the
conservation Egs. 12-17, we get the final form of conserva-
tion equations (Table 2).

In the overall material balance equations the total fluxes at
the two interfaces (Nt and NF2) are evaluated at a particu-
lar component index using the nondimensionalized forms of
Egs. 4 and 6. We can equivalently use any other component
index. Hence, for a particular choice of a component index,
we have additional equations given by

Dayii(xft — xi) = Dag? (yi — yi)
(1t —x)t)
Daf (s xf2) - Dat (3, - )
( Il—x”“)
o1 j=12, .., n5—1 j*#i (27)

LL,
i

ie(1,2,...,n

Daf,giLZ(xilzLZ - Lz) Dal2t (xl-Ll —x

LL, _ L,
(x20 = xpte)

_ Daf,ijZ(ijZLZ - ijZ) — Daf,ijl(ijl - foLl)
(xfhr = xpl)
ie(1,2,...,n,—-1) j=1,2,...,n,—-1 j*#i (28)
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In addition, mole fractions of the inlet and outlet streams
and the mole fractions at the interfaces add to unity

ng ng Ly
I _ _ L
Zylﬂ Zyl Z)’i_ inol
i=1 i=1 i=1 i=1
ﬂL‘ nL‘ nLl
= Z inlLl = Z inZLl = Z xiLl
i=1 i=1 i=1
an nLZ

=Y xk= Zx’sz— Y xl=10 (29)

i=1 i=1 i=1

This completes the general mathematical model for an open
gas-liquid-liquid system. In these equations the effects of re-
action kinetics and mass transfer are parameterized by the
dimensionless Damkdhler numbers for reaction and mass
transfer.

Degrees of Freedom. The material balance equations (Egs.
20-26) represent a set of (ng +n; +n; ) equations. In ad-
dition, we have (ng+n,,) equations from the two sets of
phase equilibrium relations (Egs. 10 and 11), (ng; +n,, —4)
constraints given by Egs. 27 and 28, and 10 equations given
by Eq. 29. Equations 8 and 9 give [(n, +n; —2n,)+(n; —
ng)l zero component flux constraints. Hence, the model
equations form a set of (2ng+3n, +2n; +6) equations,
which contain the following (3nG+4nL +3n 1, +6) vari-
ables: G, Lyg, Lo, G, Ly, Ly, Yigs Y15 Vi Xig's X} h b xfeh,
xk, xf2, xL2, and x>, Therefore, we have (n, + n, + an)
degrees of freedom that are completely specified by fixing
the feed compositions y,, (i=1,2, ..., ng —1), x5 (i=1, 2,

cng =D, xjp (i=1,2, ..., n, =1, Gy, Lyy, and Ly,

There are two possible liquid-liquid phase configurations:
Aqueous in Organic and Organic in Aqueous. The model
equations have been derived in detail for the first case. For
organic in aqueous, the equations are exactly analogous ex-
cept that in this case the aqueous phase is in direct contact
with the gaseous phase and organic phase. Therefore, for or-
ganic in aqueous, the two interfaces are G — L, (I,) and L,
— L, (I,) and the mass-transfer Damkohler numbers are
given as Dal\¢, Dall> Dal2l> and Dal2l1. The conserva-
tion equations for the aqueous phase have additional terms
for the mass transfer across I; and the conservation equa-
tions for the organic phase only have the terms for mass
transfer across 1,.

This completes the discussion of the stirred cell model. Ex-
amples considered later illustrate the salient features of the
model and its utility in the identification of the optimal range
of reactor conditions.

Step 3: identification of reactor attributes

We now outline a qualitative procedure for synthesizing a
biphasic reactor after the identification of the optimal reac-
tor conditions. Some of the important factors that affect re-
actor performance are:

e Choice of dispersed phase and continuous phase.

e Mean droplet size of dispersed phase.

e Residence time or reactor size.

1995



These factors can be chosen based on the model developed
for biphasic reactions. The liquid-liquid mass transfer and re-
action Damkohler numbers can be rewritten as (Samant and
Ng, 1998b)

Dalyt =7, alilskcil (30)
Dal> =1, k; (31)

For clarity of discussion, we have assumed that the mass-
transfer coefficients for all the components are equal (k212
= k[2t2). We also have

Dak> 1k
= (32)

LL, ,LL, I,L
Da,2™ ap2™ k22

Equation 32 is independent of the residence time of the reac-
tive aqueous phase and, hence, can be used to choose the
mean droplet size of the dispersed phase. In Step 2, the val-
ues of the Damkohler for achieving the desirable perfor-
mance have been determined. For a specified value of
k f/k,i,zL2 for a given reaction mixture, the specific surface area
of the reactive phase a’>*> can be selected to achieve the
desirable value of Dal2/Da’2t>. Dal>*> or Da> (Eq. 30 or
31) can then be used to fix the residence time. For example,
if we want a low value of the ratio Dal2/Da>t> and it is
given that k;/k 2" is high, then based on Eq. 32, a>"> should
be high. This means that the droplet size should be small and
the reactive phase should be dispersed. Furthermore, if the
desired Da "2 is low then according to Eq. 29, ;= should be
decreased.

The mass-transfer Damkdhler numbers at the gas-liquid
interface can also be rewritten as

Daji"> =1, al*2k/i"» organic in aqueous

phase configuration (33)
Daji't =7 al™1k 1" aqueous in organic

phase configuration (34)

Once the liquid-liquid phase attributes and the residence time
have been fixed on the basis of Egs. 30, 31, and 32, we can
look at the gas-liquid interface and achieve the desired oper-
ating range for the gas-liquid mass-transfer Damkdhler num-
bers by controlling a/'%i. In this case the gaseous phase is
always the dispersed phase, and alt*i increases with decreas-
ing mean bubble size for the dispersed gas phase. Typical
al'i values are available for various gas-liquid interface gen-
erating devices (Kelkar and Ng, 1998).

Step 4: catalyst recovery and recycle

Homogeneous catalysis almost always involves the use of
organometallic complexes of metals such as rhodium, plat-
inum, cobalt, and palladium as catalysts. Both economic and
environmental constraints make the recovery and recycle of
the homogeneous catalyst a key issue for successful commer-
cial operation. There is a need for a systematic classification
of various alternatives and a generic procedure for choosing
the right catalyst recovery and recycle method.

Classification. We have classified the various catalyst recov-
ery and recycle methods drawn from the patent literature and
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various publications (Cornils and Herrmann, 1996, 1998).
Figures 2—-5 show the generic flowsheets that have been de-
veloped for these cases. We consider three generic classes of
flowsheets based on thermal operation, liquid-liquid equilib-
rium (LLE), and chemical addition.

Type I flowsheet (Figure 2) is based on thermal operation.
This is the most common means of catalyst recovery and re-
cycle. The reactor outlet stream is sent to the flasher or the
distillation column(s) where the catalyst and a fraction of the
solvent are separated and recycled. The catalyst is usually ob-
tained from the bottom of the column(s), as it is the least
volatile species. The stream from the catalyst recovery sec-
tion is then sent to the product separation unit that usually
consists of a series of distillation columns and separates the
product(s) and solvent/unconverted reactants to be recycled.
Qualitatively, the requirements for the successful operation
of a Type I flowsheet are:

Solvent/reactants recycle
Extraction solvent
recycle
Fresh
feed g P rodu.c * | Product
y 3 separation ——>
& unit
Byproducts
Catalyst recycle
Makeup catalyst
Figure 3. Type li(a) flowsheet.
AIChE Journal



Solvent/reactants recycle

Reactor

Fresh
feed

Product
separation
unit

Decanter

Product
—

Byproducts

Catalyst recycle

Makeup catalyst

Figure 4. Type li(b) flowsheet.

e Exposure to repeated thermal stress does not deactivate
the catalyst significantly.

e No significant amounts of high boiling byproducts and
impurities accumulate in the system and cause excessive de-
posits.

e None of the components are heat sensitive.

We may state three relevant heuristics for this case. First,
consider adding additives to stabilize the catalyst if it is heat
sensitive. An example is the use of iodide salts in acetic acid
production by carbonylation of methanol to prevent the
rhodium catalyst from precipitating out (Smith et al., 1992).
Second, consider taking a side stream, removing its impuri-
ties by any suitable chemical or physical means, and recycling
it to prevent the buildup of impurities in the system. Third,
consider using a flasher if there is a relatively large
difference in the volatility of the products/reactants and sol-
vent/catalyst. A boiling reactor where the reaction and ther-

Solvent/reactants recycle
Chemical A
Fresh Filter
feed | 8 Product | product
Y, Q > : >
> 8 » separation >
| & U unit
Catalyst
reactor
y Byproduct
_ Cat. >
Separator
Catalyst prep.
recycle ¢
Impurities
Chemical B
Makeup catalyst

Figure 5. Type lll flowsheet.
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mal separation take place simultaneously can also be consid-
ered a Type I flowsheet.

The Type II flowsheet is based on LLE and may be further
classified into Type II (a) flowsheet (Figure 3) based on ex-
traction and the Type II(b) flowsheet (Figure 4) based on
biphasic reactor operation. The key difference between ex-
traction and biphasic reactor operation is that in the former
case the LLE is external to the reactor, which has a single-
phase operation, whereas in the latter case LLE is in-situ.
Let us consider the Type II(a) flowsheet first. The reactor
outlet stream is sent to the mixer-settler where the extraction
solvent is mixed and the product is extracted. The extract is
sent to the product separation unit to recover the product,
and the raffinate containing the catalyst, solvent, and uncon-
verted reactants is recycled. This method is useful when any
of the components are heat sensitive, and there is excessive
accumulation of catalyst poisons, high boiling byproducts, and
other impurities in the system. Obviously the key issue in this
case is the selection of a suitable extraction solvent, which
selectively extracts the products and byproducts with high ef-
ficiency. This method has significant advantages over the Type
I flowsheet:

e The catalyst can be separated out without heating and,
hence, thermal deactivation is avoided.

e Accumulation of high boiling byproducts and impurities
is avoided as extraction equilibrium is achieved for all com-
ponents and thermal degradation of various components is
avoided.

The Type II(b) flowsheet combines the above advantages
with a short catalyst recovery and recycle and, hence, consid-
erable process simplification. The key to biphasic operation
is the development of suitable polar catalysts. The reactor is
fed with the aqueous catalyst and reactants. The reactant op-
eration is biphasic with the catalyst in the aqueous phase and
the product(s) in the organic phase. After the reaction, the
aqueous catalyst is separated from the organic product phase
by simple decantation and is recycled as is. The product
stream may be further processed as required. An extension
to this method is the use of a suitable nonaqueous polar sol-
vent for catalyst retention. We can also consider adding sur-
factants, co-solvents, and phase transfer agents for improving
the miscibility of reactants and the catalyst phase and, thus,
increasing the conversion. Such a flowsheet may also lead to
increased selectivity for a given reaction scheme. For exam-
ple consider a series-parallel scheme as follows

A+B=C
B+C=D

In this case, C is the desired product and D is the undesired
byproduct. We can get a higher selectivity if we remove prod-
uct C as soon as it is formed so that the second reaction is
minimized. This is possible if we operate under biphasic con-
ditions and use an appropriate organic solvent in which the
miscibility of C is relatively high.

Finally, we have the Type III flowsheet (Figure 5) based on
catalyst recovery and recycle by chemical addition. This is a
relatively common method for catalysts that are thermally
sensitive. The reactor outlet stream is reacted with a suitable
chemical “A”so that the catalyst species precipitates out. The
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Table 3. Heuristics for Catalyst Recovery and Recycle Method Selection

o Consider using a Type I flowsheet if:

catalyst loss.

o Use a biphasic system [Type II(b)] if suitable catalyst solvent system is available.
e Consider adding a co-solvent or a surfactant for improving the miscibility of the
reactants in the aqueous phase for a Type II(b) flow sheet.

(a) Catalyst does not deactivate significantly

(b) No significant accumulation of impurities

(¢) Product, byproducts, and solvent are not heat sensitive

Consider adding additives to stabilize catalyst for Type I.

Consider processing a side stream and recycling it for Type L.

For Type I, use a flasher if the volatility difference is large.

If the relative volatility of the solvent and product(s) is less than 1.1, then Type I

flow sheet may not be economical (Douglas, 1988).

e For a Type II flowsheet, the distribution coefficient of the catalyst in the extractor
[for Type II(a)] or the biphasic reactor [for Type II(b)] should be sufficiently
large. If this condition is not satisfied, then a Type II is not feasible due to excess

e Use a Type II(a) flowsheet if phase split occurs with a change in temperature.
e Use a Type III if Type I and II are not feasible.

precipitated catalyst is then separated by filtration and then
re-dissolved using either the solvent or a suitable reagent “B”.
The impurities are separated in the separator unit and the
catalyst is recycled. The chemicals actually used will depend
on the process chemistry. This method introduces additional
compounds into the system and, hence, is not preferable if
suitable Type I or Type II alternatives are available.

Table 3 gives a summary of heuristics for the catalyst re-
covery and recycle method selection. The most important pa-
rameter in this case is obviously the fractional catalyst recov-
ery of the flowsheet. For a Type II flowsheet, this depends on
the distribution of the catalyst in the extractor [for Type I1(a)]
or in the biphasic reactor [for a Type II(b)]l. A number of
variations and combinations of the basic flowsheets are possi-
ble depending on specific needs and design. For example, a
relatively new Union Carbide hydroformylation process
(Haggin, 1995) consists of both an extractor and a separation
column. Instead of extracting the product as in a Type II(a)
flowsheet, the catalyst itself is extracted using water and then

the catalyst is concentrated, dried, and recycled using a sepa-
ration column and a vaporizer. In general the catalyst recov-
ery and recycle is a strong function of process chemistry and
economics. However, the heuristics in Table 3 serve as a
starting point for screening different catalyst recovery and re-
cycle methods after which a detailed analysis and design can
be carried out.

Examples

The first example is a single step reaction that examines
the dominant mechanisms and the effect of various model
parameters. The next example considers series-parallel
schemes and illustrates the identification of optimal reactor
conditions and the reactor attributes. Since homogeneous
catalytic processes generally involve complex reaction net-
works with multiple reactions, the final example is a complex
network and takes into account all the design steps including
network reduction and catalyst recovery and recycle. The re-

Table 4. Parameter Values and Specifications for the Examples Considered

Thermodynamic Parameters

Relative Input Molar Flows

Distribution Base case 1 Aqueous in Organic
Coefficients Henry(A) = 0.04 (a/0) G,=02
md(A)=0.5 0.01 (o/a) L,=05
md(B)=0.2 L,=03
md(C) = 0.02
md(D) = 0.02 Base case 2 Organic in Aqueous
md(E) = 0.04 Henry(A) = 0.04 (a/0) G=02
4x107* (0/a) L,=03
L,=05
Kinetic Parameters (s~ 1) Input Concentrations (Mole Fractions)
Gas Organic Aqueous
hase phase phase
k; = 0.02 (Simple irreversible reaction) A 0.6 0.0 0.0
k= 0.02 (Series parallel schemes) B — 0.3 0.0
k7, = 0.005 C — 0.0 0.0
k= 0.01 (Complex reaction scheme) D — 0.0 0.0
k;,=05 k;, =002 k,=10 E — 0.0 0.0
S — 0.7 0.0
w — 0.0 1.0
1 0.4 0.0 0.0
1998 September 2002 Vol. 48, No. 9 AIChE Journal



actions are fictitious, but the data used are close to those for
typical systems.

Example 1: single step irreversible reaction

Consider a single step of reversible reaction with a total of
seven components. The chemical reaction takes place only in
the aqueous phase

A+B=C

We assume that the catalyst with relatively low and constant
concentration is confined to the aqueous phase. Hence, it is
not separately represented as a component in the aqueous
phase. The following components are present in the respec-
tive phases:

e Gas-phase components: A (reactant gas), I (Inert gas,
negligible solubility in the liquid phase).

e Liquid phase 1 (Organic Phase) components: A, B (non-
volatile liquid phase reactant), C (nonvolatile product), S
(nonvolatile organic solvent).

e Liquid phase 2 (Aqueous catalyst phase) components: A,
B, C, W (water).

Table 4 shows the various model parameter values and
specifications used for this example, as well as the data for
the other two examples where additional products D and E
are present in the two liquid phases. For this example, the
conversion is defined on the basis of the amount of liquid
reactant B consumed.

Mass Transfer vs. Reaction. The rates of mass transfer and
reaction relative to each other are crucial in determining
whether the process lies in a reaction controlled or mass-
transfer controlled regime. Figure 6 shows conversion vs. the
ratio of Damkohler number for reaction and the aqueous
phase Damkoéhler number for mass transfer (Da’2/Da’2F2)
for aqueous dispersed in organic phase configuration. The
ratio is the conventional second Damkohler number or Hatta

0.5

Da2= 100
0.4 - m

o
w
.

Conversion

=3
[
L

0.1

T

0.1 1 10 100 1000 10000
L I,
Da;? /Da,

Figure 6. Conversion vs. aqueous phase Hatta number
for Example 1.
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Figure 7. Variation of the conversion with the distribu-
tion coefficient of the liquid reactant B for Ex-
ample 1.

number for the aqueous phase. High values of Dal2/Dal>L>

represent the mass transfer controlled regime, in which the
reaction is much faster relative to mass transfer across the
liquid-liquid interface. Low values of Daf>/Dal2L> represent
the reaction controlled regime where the reaction is much
slower relative to mass transfer across the liquid-liquid inter-
face.

Figure 6 also gives the variation of conversion with Da,?;
The conversion increases with increasing Dal2L2 as the aque-
ous phase mass-transfer resistance decreases and, hence, the
liquid reactant B can get transferred at a higher rate to the
aqueous phase and the conversion increases. Let us state
some other observations for which the plots are not included
in this article. The conversion also increases with increasing
Dabl1 and Dalif1, but is less sensitive to Dal2f1 and Dalil
as no reaction takes place in the organic phase. The variation
with the gas-phase Damkohler number Da’i¢ at the first in-
terface is negligible. This is consistent with a physically realis-
tic situation where the mass transfer at a gas-liquid interface
is limited by only the liquid side resistance.

Effect of Liquid-Liquid Phase Equilibrium. Figure 7 shows
the variation of conversion with the distribution coefficient of
the liquid reactant B for the aqueous in organic phase config-
uration. The conversion obviously increases as the distribu-
tion coefficient increases because more reactant is then avail-
able in the aqueous phase. However, we see that after a point
the increase tapers off. This is due to the fact that the gaseous
reactant (A) becomes limiting as the concentration of the lig-
uid reactant (B) increases. In general the reactants need to
have a minimum solubility in the aqueous phase for a signifi-
cant conversion. Hence, in some cases we may even need to
use a co-solvent to increase the solubility of the reactants in
the aqueous phase to achieve significant conversion.

Comparison of the Two Liquid-Liquid Phase Configurations
Based on the Model. Using the stirred cell model, we can com-
pare the two-phase configurations (Aqueous in Organic and

LL,
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Figure 8. Ratio of conversion vs. ratio of Henry’s con-
stants (aqueous in organic/organic in aque-
ous) for Example 1.

Organic in Aqueous) and select the one that gives better per-
formance. We adopt a shorthand convention for the two-
phase configurations. Aqueous in organic is denoted as
a/o and organic in aqueous as o/a. Figure 8 shows the ratio
of conversion vs. ratio of Henry’s constants (a/o by o/a) for a
simple irreversible reaction. Let us consider two specific base
cases. The first represents a relatively low ratio (a/o by o/a)
of Henry’s constant ( ~4) and the second represents a high
ratio ( ~ 100). For base case 1, the conversion for o/a is higher
than a/o0 as a higher concentration of the reactant gas is
available for o/a, and o/a is the preferred phase configura-
tion. On the other hand, for base case 2, a/o gives better
conversion as the solubility of the gaseous reactant A in wa-
ter is very low in this case.

The reactor attributes for this example have been deter-
mined and are summarized in Table 5. The table also lists
the optimal range of reactor conditions (Dal2/Dal2l>, Dal2t2,
and Dali"x) for maximizing the performance objective-con-
version.

Example 2: simple series parallel schemes

Let us consider two series-parallel schemes with two gas-
phase components (A, I) and a total of seven components (A,
B,C, D, I S and W)

Scheme 1. A+B=C
B+C=D
Scheme 2. A+B=C
A+C=D

The reactions take place in the presence of aqueous catalyst.
As before, we assume that the catalyst’s relatively low and
constant concentration is confined to the aqueous phase.
Hence, it is not separately represented as a component in the
aqueous phase. The model parameter values and specifica-
tions are given in Table 4. The distribution of the various
components in the three phases is the same as in the first
example. We define conversion on the basis of the amount of
liquid reactant B consumed. Selectivity is defined as the ratio
of C produced by B consumed and the yield as the ratio of C
produced by B introduced.

Selectivity, Conversion and Yield. We first consider aqueous
in organic phase configuration. Figure 9 shows the depen-
dency of selectivity, conversion, and yield on the ratio of
aqueous phase Damkohler numbers (Dal2/Da’2F>) for
Scheme 1. The conversion increases with increasing
Dal>/Dal2E> and the selectivity shows a steady decline. There
is a tradeoff between selectivity and conversion. In fact the
yield goes through a maximum at a particular value of the
ratio Dal2/Dal2L>. Thus, if we want to maximize the yield,
we should operate around this value. This tradeoff is due to

Table 5. Reactor Attributes for Given Examples

Example 1. Single Step Irreversible Reaction (Base Case 1)

Performance Dal2 Reactor
Objectives Dl Dalz2t> Dalitx ahlx K/l szt ahh Attributes
m

High High High High High Low Low e Disperse organic phase

conversion e Use large mean droplet size
e Use large reactor
e Use small mean bubble size

High Highest e Disperse organic phase
possible e Use mean droplet size that
gives highest possible a/22
e Use small mean bubble size
Example 2. Series Parallel Scheme 1/Example 3 (Base Case 2)
Performance Dal> Reactor
Objective — i Dalt> Dalilx ahlx kf-/k,l,fL 2 ahl: Attributes
Da,2"2 ’ ’

High yield/ Low High High High Low/High High e Disperse aqueous phase

High product e Use small mean droplet size

distribution e Use small mean bubble size
e Increase reactor size if

necessary
2000 September 2002 Vol. 48, No. 9 AIChE Journal
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Figure 9. Selectivity, conversion, and yield vs. aqueous
phase Hatta number for series-parallel
scheme 1.

the fact that, if the reaction rates are faster (that is, Da’>
increases), more C is produced initially, but, for high
DaF>/Dal:F>, the second reaction leads to an even faster de-
pletion of C as more D is produced. Hence, the yield goes
through a maximum. Figure 10 shows the effect of the distri-
bution coefficients of the products on the yield of the pri-
mary product C for Scheme 1. We see that the yield de-
creases significantly if the distribution coefficient of the pri-
mary product C is greater than the distribution coefficient of
the byproduct D. This is because in such a case more C is

0.16
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Yield

0.04

0.00 T T
0.01 0.1 1 10 100

Ratio of Distribution Coefficients of the products (72, / mp)

Figure 10. Effect of the distribution of the products on
the yield of the primary product C for
series-parallel scheme 1.
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Figure 11. Ratios of conversion and selectivity vs. ratio
of Henry’s constants (organic in aqueous/
aqueous in organic) for series-parallel
scheme 1.

available in the aqueous phase for the second reaction, which
gives more D. Hence, we prefer to operate with an organic
solvent with a small distribution coefficient ratio.

Identification of Reactor Attributes. Figure 11 shows the ra-
tio of conversion and selectivity (Organic in Aqueous/Aque-
ous in Organic) vs. ratio of Henry’s constants for Scheme 1.
For both base cases, the Aqueous in Organic configuration
gives better conversion and selectivity as compared to the Or-
ganic in Aqueous configuration. Increasing the relative solu-
bility of the gas in the aqueous phase reduces the difference
between the two-phase configurations as the amount of dis-
solved gaseous reactant is higher and is, therefore, less limit-
ing. We can conclude that a/o would be preferred if we want
to maximize conversion, selectivity, and, hence, the yield. Fig-
ure 12 shows the dependence of conversion and selectivity on
the Henry’s constant for series-parallel scheme 2. The o/a
configuration gives a higher conversion, but lower selectivity,
and, hence, there is a trade-off between selectivity and con-
version. After determining the desired phase configuration,
we determine other reactor attributes based on the qualita-
tive procedure. Table 5 summarizes the reactor attributes we
obtain for series parallel scheme 1. The table also lists the
optimal range of reactor conditions (DaX2/Dal2t2, Da’2L> and
Dalix) for maximizing selectivity.

Example 3: complex reaction

The final example demonstrates the complete design pro-
cedure by considering all the four steps. Consider the follow-
ing reaction scheme
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Figure 12. Comparison of conversion and selectivity
of the two-phase configurations for
series-parallel scheme 2.

Here the co-reactants are shown above the reaction arrows
and the co-products below the arrows. This is a typical mech-
anism for a homogeneous catalytic reaction. The first step is
the formation of a complex between a substrate (A) and the
catalyst. The second reactant (B) then adds to this complex
after which the catalyst separates and we get the intermedi-
ate (X;), which rearranges to give the intermediate product
C. C reacts with B to give the desired product D which fur-
ther reacts to give the undesired byproduct E. If we can elim-
inate the intermediates (X)), then the reaction scheme may
be simplified to a three-step scheme

A+B=C
B+C=D
B+D=E

As before, the reaction takes place in the presence of the
aqueous catalyst. We assume that the catalyst with relatively
low and constant concentration is confined to the aqueous
phase. The model parameters values and specifications are
given in Table 4. We define conversion on the basis of the
amount of the liquid reactant B consumed. Product distribu-
tion is defined as the ratio of D produced by E produced.
Since the desired product is D, we would prefer a high prod-
uct distribution.

Step 1: Determination of Reaction Kinetics. We can use the
first rule in Table 1 to reduce the underlined segment of the
complete reaction scheme into a pseudo single step

A+B=C

We use for reducing our linear segment. The same nota-
tion as Table 1 is used. Thus, we have

Ac = A1 Aip A3 Ase/Dyc (35a)

2002
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Figure 13. Variation of the yield with reaction rate con-
stant k,, for Example 3.

Dyc = MaApAsy + g Aoz Ay + A Ag Az + Ag Ay Ay, (35D)

Here, the subscript indexes represent the various species (j
=0 for A to k=4 for C). After replacement of the pseudo
first-order reaction rate coefficients (A;;) and a rearrange-
ment of the overall expression, we get the rate of production
of C as

Kk, [A1[B]

L 36
"¢ I+ k,k,[B] (36)

We can easily study the complete reaction scheme by using
the reduced Eq. 36 which gives the rate of formation of C.
Figure 13 shows the impact of k£, on the yield of the desired
product D. There is an initial increase in the yield after which
it goes through a maximum and starts decreasing. Thus, in
this case increasing the rate constant of the second reaction
(say by increasing the temperature) will not necessarily give a
better performance. For this particular case, the optimum
value of k, is approximately equal to 2.

Step 2: Identification of Optimal Range of Reactor Condi-
tions. Figure 14 shows the plots of product distribution, con-
version, and yield with the ratio of aqueous phase Damkohler
numbers (Dal2/Da’2F>) for aqueous in organic phase config-
uration. The conversion increases with increasing
Dal>/Dal2> and the product distribution shows a decrease.
There is a tradeoff between the product distribution and the
conversion, and this is evident from the fact that the yield
goes through a maximum. Thus, if our performance objective
is product distribution, then Da’2/Da®2f> should be low.
Further analysis shows that high Damkdhler numbers (Da’2t>
and Dal2Lx) lead to higher product distribution. This identi-
fies the reactor conditions for the given performance objec-
tive.

Step 3: Identification of Reactor Attributes. We also compare
the two-phase configurations for this example (Figures 15 and
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Figure 14. Product distribution, conversion and yield vs.
aqueous phase Hatta number for Example 3.

16). The o/a configuration gives a significantly better perfor-
mance. Next, we identify other reactor attributes. As
Dak>/Dal2E> should be low, from Eq. 32, a’2%2 should be high.
This implies that small droplet size should be used. For this
case, high Damkdhler numbers (Da’2%2 and Dal>Lx) are pre-
ferred. However, since a2L2 is already high, from Eq. 30, we
can increase the reactor size (that is residence time), if neces-
sary. In addition, small bubble size should be used as this
leads to high Dal2tx,

Step 4: Catalyst Recovery and Recycle. Let us look at the
alternatives if the given system has the following thermal
properties:

e Relative thermal volatilities of the products (C, D and E)
vs. the solvent are 2.0, 1.5 and 2.5.

e Boiling point of the organic solvent is 120°C.

e E degrades and deposits at around 130°C.
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Figure 15. Comparison of conversion of the two-phase
configurations for Example 3.
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Figure 16. Comparison of product distribution of the
two-phase configurations for Example 3.

Thus, the thermal separation of the products and the sol-
vent (Type I flowsheet) is relatively easy, but since the sec-
ondary product E degrades and causes deposits at a tempera-
ture comparable to the boiling point of the solvent, a vacuum
column is necessary. Next, consider the feasibility of a Type
II flowsheet which mainly depends on the distribution of the
catalyst in the extractor [Type II(a)] or the biphasic reactor
[Type II(b)]. Thus, if the economic constraints demand a 99%
recovery, the distribution coefficient of the catalyst should be
very high. If this condition is not satisfied, a Type III flow-
sheet based on chemical addition might be necessary. A de-
tailed analysis can be readily worked out when the process
chemistry is specified.

Conclusions

Biphasic homogeneous catalysis can play an important role
in both bulk and fine chemical synthesis. A generic proce-
dure as summarized in Figure 17 is developed for the design
of such homogeneous catalytic processes. The first step is de-
termination and reduction of the reaction kinetics. Next, the
identification of optimal reactor conditions, using the stirred
cell model we have formulated, is made. This provides impor-
tant information about the range of Damkoéhler numbers that
give optimum performance. Using the model, we can also
compare and select the phase configuration that gives the best
performance. Utilizing the qualitative procedure outlined,
other reactor attributes are selected. The selection of the
proper catalyst recovery and recycle method is an important
issue. While only the analysis of biphasic reactions is pre-
sented, various catalyst recovery and recycle methods are re-
viewed and heuristics for their selection are provided.

This study represents our continuing effort to study reac-
tion system synthesis from a multiscale perspective (Lerou
and Ng, 1996). Further work on studying multiphase systems,
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which combine both homogeneous catalysis and phase trans-
fer catalysis, is underway.
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Notation

a, = specific interfacial area for mass transfer, m?/m?
ar=total interfacial area for mass transfer, m?
A,B,C,D,1,S, W= generic chemical species
crx = total molar concentration of phase X, mol/m?
Da!i¥ = Damkohler numbers for mass transfer for phase
X at interface I;
Dal>=Damkéohler number for reaction in the aqueous
reactive phase
G(,,G=input and output molar flow rates of gaseous
phase, mol/s
H;=Henry’s constant of component i

2004 September 2002

Hy = molar holdup of phase X, mol
k= forward reaction rate constant for the reference
reaction, L/s
k,, = mass transfer coefficients across the respective in-
terfaces, m/s
Lyx,Ly=input and output molar flow rates of the liquid
phases, mol/s
md = distribution coefficient
n=number of components
n,, = number of components miscible in both the liquid
phases
N;=molar flux of component i, mol/m?-s
Ny = total molar flux, mol/m?-s
x;=mole fraction of component i in the liquid phase
y;= mole fraction of component i in the gaseous phase
Y, Z = binary integer parameters
v;= activity coefficient of component i
Ty = residence time of phase X

Subscripts and superscripts
i, j= indices
G = gaseous phase
I, = interface between gaseous and bulk liquid phase
I, = liquid-liquid interface
L, = organic liquid phase
L,=aqueous liquid phase
X = phase index
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